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A silicon-based micro-reactor was fabricated using a micro-electromechanical system (MEMS) process
and silicon micromachining technology (SMT) to allow preferential CO oxidation (PrOx) to be applied
to compact portable devices. To design the micro-PrOx reactor, the effects of channel length, channel
width, channel array, and O, content in the reactant gas on the CO conversion and selectivity for CO
were investigated. The single micro-PrOx reactor required an O, concentration four times higher than the
theoretical quantity for a complete conversion of 1% CO into CO,. The optimum operating temperature
to obtain high CO conversion, by suppressing the reverse water-gas shift (r-WGS) reaction, depended
considerably on the channel lengths of the micro-reactor rather than on the channel widths or the channel
arrays. The micro-PrOx reactor showed 99.4% conversion of CO and 44.14% selectivity for CO at 260 °C when
operating with 1% CO, 50% H,, 35% CO,, N, (balance), and 2% O,.

© 2008 Elsevier B.V. All rights reserved.

1. Introduction

In recent years, the proton exchange membrane fuel cell
(PEMFC) has received increased attention owing to its charac-
teristics of being an eco-friendly and efficient energy source for
stationary as well as portable applications. In particular, the PEMFC
has been considered as a power generator for compact devices such
as notebook computers, cellular phones and MP3 players due to
its advantages: easy scale-down, fast startup and shutdown, high
power density and mild operating temperature (about 60-70°C).
Although the most desirable fuel for a PEMFC is pure Hs, an alter-
native fuel is required to overcome problems such as storage, safety
and refueling of H, when the PEMFC is adopted as an energy source
for portable devices [1-3]. One substitute for pure H; is a reforming
system using hydrocarbons such as methanol, ethanol, methane or
gasoline. H,-rich reformed gas produced through steam reform-
ing (SR) and water-gas shift (WGS) reactions generally contains
about 0.5-1vol.% CO [1-4]. The amount of CO must be reduced
below 10 ppm because Pt-based anode catalyst of a PEMFC is easily
poisoned by a trace amount of CO at low operating tempera-
tures, resulting in the degradation of the PEMFC performance [5].
There are several methods to reduce the CO concentration, such
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as palladium-based membrane purification, catalytic CO methana-
tion, adsorption purification and preferential CO oxidation (PrOx).
Palladium-based membrane purification needs high pressure and
temperature, adsorption purification demands a vast volume for
adsorbents, and CO methanation (Eq. (3)) consumes large amounts
of Hy, compared with preferential CO oxidation (Eq. (1)). Therefore,
the most effective way to eliminate CO is by preferential oxidation
because of the low process cost, moderate operating temperature
and atmospheric pressure operation [6-8].

¢ Preferential CO oxidation [9]
CO + 0.50, > CO;  AHzgs= —283.0kjmol~! [desiredreaction] (M
H; +0.50; > H,O0  AHy93= —242.0kJmol~! [undesiredreaction] (2)

e Methanation [10]

CO + 3H; —» CH4+H,0 AHyg9g = —283.6 k] I'1‘10171 (3)
e Water-gas shift [9,10]
CO + H,0 — CO, +H> AHygg = —41.1k]mol ™! (4)

In PrOx, the desired reaction is the oxidation of CO by O, in
H,-rich reformed gas (Eq. (1)). However, the main product in the
reformed gas (H;) is competitively oxidized by O, as in Eq. (2).
Thus, it is important to minimize the oxidation of H, to improve
the efficiency of the PrOx reaction. Pt/Al,O3 has been the most
suitable catalyst because of its high activity for CO oxidation and
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its stability at relatively low temperatures [11]. Nevertheless, many
researchers have focused on various catalyst systems, not only to
increase catalytic activity, selectivity and stability, but also to mini-
mize H, oxidation (Eq. (2)). One solution is to use Pt-based catalysts
with catalytic characteristics that have been modified by alloying
with metals such as Fe [12], Ce [13], Ni, or Co [14]. Other studies
have observed the effect of support materials (Al;03, CeO, MnOy,
or a-Fe;03)[4,15,16], particle size by a water pretreatment method
[17] and other supported metals (Au [18], Rh, Ru, or Pd [19,20]) on
the PrOx performance.

Because the two reactions that occur in a PrOx reactor are
exothermic (Egs. (1) and (2)), heat management, i.e. easy removal
of the heat generated, in a PrOx reactor is important. Large scale
packed-bed reactors have problems such as hot spots, delays in
startup or shutdown and mass and heat transfer limitations. Srini-
vas et al. [21] compared micro-reactors using thin film catalysts
with packed-bed reactors using powder or pellet type catalysts for
the PrOx reaction. They found that the pressure drop of packed-
bed reactors is 400 times higher than that associated with wall
coated micro-channels when the two reactors have same catalyst
loading and cross-section. Micro-reactors with thin film catalysts
have negligible external and internal mass-transport limitations
and enhanced heat-transport characteristics compared to packed-
bed reactors. This more efficient removal of heat results in their
being no large temperature gradient across the catalyst bed and
no hot spots in the case of micro-reactors [11]. The advantages
of micro-reactors include fast heating and cooling, suppression
of hot spots, large surface-area-to-volume ratios, higher con-
version and selectivity, fast response and easy integration with
miniaturized chemical devices, sensors, actuators, fuel proces-
sors, heat exchangers, fuel cells, medical devices, etc. Delsman
et al. [22] described that temperature disequilibrium, caused by
exothermic reaction of PrOx, of micro-device for PrOx could be
minimized by integration with a micro heat exchanger. Kwon et
al. [23,24] described a miniaturized reformer-PrOx-fuel cell sys-
tem based on silicon fabrication technology, and silicon-based
PEMFC was successfully operated using hydrogen from methanol
reformer and PrOx. Shin et al. [25] investigated a micro-fuel
processor (steam reformer and PrOx) using low temperature co-
fired ceramic (LTCC), Tanaka et al. [26] demonstrated a miniature
fuel cell with a fuel reformer system by micro-electromechanical
system (MEMS) technology, and Holladay et al. [27] showed a
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way to improve thermal efficiency of a micro-scale methanol
processor.

In this study, the effects of the design of micro-channels on the
performance of a silicon-based micro-PrOx reactor were examined
as a function of channel length, channel width and the arrange-
ment of channel arrays, which is related to gas hourly space velocity
(GHSV). The design of micro-channel is important to get the opti-
mum performance from the micro-reactor, however, the design of
channel has not been much considered in micro-reactor besides
manifold geometry of micro-reactor for uniform flow distribution
[28].

2. Fabrication

A parallel multi-channeled micro-reactor for PrOx reaction was
fabricated on 500 wm thick p-type (11 0) silicon wafer by silicon
micromachining technology (SMT) designed for MEMS applica-
tions. A schematic diagram of the fabrication process is described
in Fig. 1. Various reactor patterns were transferred by photolithog-
raphy onto the (11 0) silicon wafer (Fig. 1(a)). To obtain rectangular
micro-channels, the silicon wafer was anisotropically etched with
30 wt.% KOH solution at 80°C for 2h (Fig. 1(b)) [29]. The etched
silicon wafer was assembled with a thin Pyrex™ glass plate by
anodic bonding to form a compact and airtight device. The inlet
and outlet holes were fabricated on the top of the Pyrex™ glass
to make the reactant gas easily accessible (Fig. 1(c)) [23,24]. The
micro-PrOx reactor had 17 parallel channels, each with 600 pm
width, 240 wm depth and 2.3 cm length as shown in Fig. 2(a) and
(b). Micro-reactors with various channel lengths from 2.3 to 13.6 cm
and widths from 200 to 600 pum were also designed to examine
the effect of channel length and width on the performance of the
micro-PrOx reactor.

Prior to catalyst coating, a SiO; layer (about 24-27 A thick) was
formed on the inner walls of the micro-channels, by heat treat-
ment at 300°C for 3 h [30], to act as an adhesive layer between the
silicon surface and catalyst layer. The micro-channels were coated
with Pt/Al, O3 catalyst slurry in accordance with a fill-and-dry coat-
ing method [31]. Micro-channels covered with the SiO, adhesive
layer were filled with the Pt/Al,03 catalyst slurry and the reactor
was dried at room temperature and calcined at 500°C to form a
thick catalyst layer only on the inner walls of the micro-channels
(Fig. 1(d) and Fig. 3).
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Fig. 1. Fabrication sequences of micro-PrOx reactor.
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Fig. 2. (a) Schematic diagram of micro-reactor; (b) single micro-reactor; (c) thin film heater on the back side of micro-reactor; (d) front view; and (e) side view of micro-PrOx

reactor after packaging.

Fig. 3. Cross-sectional SEM image of micro-channel coated with 5wt.% Pt/Al,03
catalyst slurry by a fill-and-dry coating method.

Following the catalyst coating, a thin film heater was deposited
on the back side of the silicon wafer by direct current magnetron
sputtering to control the precise temperature of the micro-PrOx
reactor. A thin film (80 nm) of TaNy compound was used as heat-
ing material, and a thin Ta layer (a few nm) was deposited on the
TaNy film as an adhesion layer between the TaNy and an Au con-
tact pad. The Au contact pad (300 nm) was introduced to reduce
the contact resistance of TaNy when external electric power was
supplied (Fig. 1(e) and Fig. 2(c)). The temperature of the thin film
heater was controlled by a temperature controller that included
a power supply, a relay and a proportional integral differential
(PID) program [23,24,30]. The fabricated micro-PrOx reactor was
packaged with a stainless steel end-plate to test the activity, as
displayed in Fig. 1(f), and Fig. 2(d) and (e). The volumes of the micro-
PrOx reactor before and after packing were 0.666 and 15.68 cm3,
respectively.

3. Experimental

In this study, a commercial 5wt.% Pt/Al,03 (Johnson Matthey)
catalyst was used for preferential CO oxidation in all experi-
ments. The catalyst slurry used to coat the inner walls of the

micro-channels was composed of a mixture of alumina sol, dis-
tilled (DI) water, and catalyst (alumina sol:DI water:catalyst=1:8:1)
prepared by ball milling for 5 days. Viscosity of the cat-
alyst slurry after ball milling was measured by rheometer
(Bohlin Instrument). After coating with the catalyst, the cross-
sectional morphology and thickness of the catalyst layer were
examined by a field emission scanning electron microscope
(FESEM).

To measure the activity of the preferential CO oxidation, a
standard gas mixture composed of 1% CO, 50% H,, 35% CO, and
balance N, was adopted. 1-2% O, (A=2-4) was added for oxida-
tion of CO (here, lambda (A) refers to the oxygen excess factor,
which is defined as the ratio of the concentration of O, to the
concentration of CO (A=2[0,]/[CO])) [32]. The flow rates of the
standard gas mixture were controlled by mass flow controllers
(MFC, Bronkhorst); the total gas flow rate was 204 mLmin~! in all
micro-reactors and the gas hourly space velocity in the range of
36,230-217,390 h~! was varied by the geometry of micro-channel
in this experiment.

After the PrOx reaction, the outlet gas composition from the
micro-PrOx reactor was analyzed by micro gas chromatography (CP
4900, Varian). Two columns (Molsieve 5A for Hy, CO and O, detec-
tion, and PoraPLOT Q for CO, detection) were used, with thermal
conductivity detectors (TCDs) on each. Argon was used as the car-
rier gas for both columns. The CO detection limit of the micro gas
chromatograph was around 5 ppm. The calculated CO conversion
was based on the concentrations of CO at the inlet and outlet of the
reactor (Eq. (5)). On the assumption that O, was only utilized for
oxidation of CO and H,, the selectivity toward CO was defined as
the ratio of the amount of O, used for CO oxidation to the amount
of O, consumed in all reactions (Eq. (6)).

Conversion of CO (%) = (lco]iniecto_] [CO]O‘“]“) x 100 (5)
inlet
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Fig. 4. Viscosity of Pt/Al, 03 catalyst slurry at different ball milling time.
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4. Results and discussion

The formation of a layer-type catalyst is an important issue
in micro-reactor fabrication because the pressure drop in the
micro-channels increases and reactant flow is blocked if the micro-
channels are packed with catalyst powder or pellets. Thus, a thin
film-type catalyst layer was introduced by a fill-and-dry coat-
ing method using catalyst slurry. As shown in Fig. 3, a 10-15 pm
thick catalyst layer was formed onto the inner walls of the micro-
channels. The viscosity of the catalyst slurry was proportional to
the ball milling time (Fig. 4). In this study, catalyst slurry prepared
by ball milling for 5 days was used in all experiments to produce
low viscosity slurries, which resulted in thin catalyst layers, thus
minimizing the pressure drop inside of the micro-channels.

The performance of a micro-PrOx reactor coated with Pt/Al,03
catalyst was examined with lambda values of 2 and 4 in the tem-
perature range 190-310°C at a GHSV of 217,390 h~!. Fig. 5 shows
the CO conversion and the selectivity for CO analyzed with a reac-
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Fig. 5. CO conversion and selectivity vs. reaction temperatures at different lambdas
(A=2and 4).

tion mixture consisting of 1% CO, 50% H;, 35% CO,, 1-2% O, and
N, balance. For A =2, CO conversion gradually increased from 8.6
to 77.3% with increasing operating temperature up to 290°C and
decreased slightly to 73% above 290°C. For A =4, CO conversion
suddenly increased from 35.8 to 99.2% as the operating tempera-
ture increased from 230 to 250°C. A maximum CO conversion of
99.5% was obtained at 260 °C and conversion dropped off slowly as
the temperature increased further. The gradual loss of conversion
at high temperature after passing maximum conversion is related
to the reverse water-gas shift (r-WGS) reaction occurring between
CO, and Hj, and will be discussed in detail later. For both cases
(A =2 and 4), the selectivity and conversion of CO showed a similar
trend with temperature. Increasing the O, concentration resulted in
a dramatic increase in the conversion of CO and reduced operating
temperature window. Unlike the general trend in the conventional
packed-bed PrOx reactor which shows a decrease in CO selectiv-
ity with O, concentration, the selectivity for CO in the micro-PrOx
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Fig. 6. (a)Relation between channel length and GHSV; (b) conversion, selectivity for
CO, and reaction temperatures at maximum CO conversion with increasing GHSV;
and (c) CO conversion vs. GHSV value controlled by channel length at particular
operating temperatures.
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reactor increased in spite of increasing the O, concentration. An
0, concentration at least fourfold higher than the stoichiometric
value was required to fully convert CO to CO, in the micro-PrOx
reactor. Our micro-reactor has relatively higher GHSV than other
micro-reactors (a factor of 145) [11] or conventional reactors (a
factor of 10) [33]. The higher GHSV causes the reduction of O,
consumption because much O, pass through the system without
reaction with adsorbed CO on the catalyst bed. Another possible
reason for needing a high O, concentration is the lack of insulator
for the micro-reactor used in the present experiment. The resulting
heat loss may mean that the PrOx reaction occurred incompletely at
lower O, concentrations. For the reasons mentioned above, a higher
0, concentration was needed to achieve 100% CO conversion. Thus,
all subsequent experiments were conducted at the condition of
r=4.

The design of channel length in micro-PrOx reactor affects the
performance of the PrOx reaction with the GHSV in the micro-
reactor. The GHSV was decreased from 217,390 to 36,230h~! by
increasing the channel lengths of the micro-channels from 2.3 to
13.8 cm, as shown in Fig. 6(a). Fig. 6(b) shows that the tempera-
ture of maximum CO conversion decreased monotonically from
260 to 220°C with decreasing GHSV over the full range of val-
ues achieved by variation of channel length. The maximum CO
conversion reduced slightly from 99.49 to 95.98% as the GHSV
decreased from 217,390 to 72,460 h~1, and then elevated to 98.74%
for the GHSV of 36,230 h~'. The highest CO selectivity of 44.4% was
obtained with the highest GHSV of 217,390 h~!. However, the selec-
tivity for CO was independent of GHSV for values of GHSV lower
than 108,700 h~'. The selectivity stabilized at around 30% after a
sharp drop from 44.4 to 30.74% between the GHSV values 0f 217,390
and 108,700 h~1. Fig. 6(c) shows the effect of variation of GHSV
by channel length on the CO conversion at a series of five fixed
operating temperatures. Below 250°C, the CO conversion gradu-
ally improved with decreasing GHSV, from 20.55 t0 90.13% at 210°C
and from 35.52 to 97.41% at 230 °C. Above 250 °C, however, the CO
conversion in the micro-PrOx reactor presented the reverse trend,
decreasing significantly from 98.68 to 88.53% at 270°C, and from
95.74 to 75.88% at 290°C, with decreasing GHSV. The decline in
CO conversion can occur by r-WGS at both higher and lower GHSV,
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however, it is much more affected by r-WGS at lower GHSV and high
operating temperature [33,34]. When the r-WGS reaction is accel-
erated at higher operating temperatures, it sets a thermodynamic
limited to the extent of CO conversion (Eq. (7)) under conditions of
abundant of CO, and H; in the reactant [8,34-36].

e Reverse water-gas shift reaction [35]

COy+Hy— CO + HyO  AHygg = +41.2kJ mol™! (7)

The reduction of overall CO conversion due to the r-WGS
was more strongly affected by operating temperature than GHSV.
Nevertheless, to maintain higher CO conversion and inhibit the
r-WGS reaction, control of the GHSV through channel length
as well as operating temperature must be considered. The
optimum operating temperature varied with the GHSV, i.e.
230°C < Toperating <250°C for lower GHSV below 108,700 h-1, and
Toperating >250°C for higher GHSV over 108,700 h~1.The higher
GHSV was required to obtain nearly 100% CO conversion as the
temperature escalated in order to minimizing the effect of r-WGS.
Therefore, the operating temperature range for any channel design
can be controlled by the relationship between GHSV controlled by
channel lengths and operating temperature.

The effect of channel array on the CO conversion was inves-
tigated at equal GHSV. Two types of micro-reactors illustrated in
Fig. 7(c), had different lengths and numbers of channels, but each
had the same GHSV of 217,390 h~'. The channel length of reactor
(1) was two times longer than that of reactor (2), while the number
of channels of reactor (2) was double that of reactor (1).

The pressure drop (AP) in both reactors was calculated. The
reaction rate of CO oxidation is a function of the CO and O, partial
pressure, which is affected by pressure drop [9,11,37]. The pressure
drop was computed both by macroscopic analysis, using an engi-
neering Bernoulli equation [38] and by simulation with Fluent™. To
evaluate the pressure drop by macroscopic analysis, it was assumed
that the reactant gas was an incompressible Newtonian fluid (no
density change in the gas mixture between inlet and outlet). The
pressure drops calculated from macroscopic analysis and simula-
tion are tabulated in Table 1. As shown in Fig. 7(a) and (b), the CO
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Fig. 7. (a) CO conversion vs. reaction temperatures; (b) selectivity for CO vs. reaction temperatures for reactors (1) and (2); and (c) schematic diagram of two reactors with

different channel array geometry.
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Table 1
Pressure drop (AP) of reactors (1) and (2) in Fig. 7 calculated by macroscopic analysis
and Fluent™ simulation
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Table 2
Pressure drop (AP) of reactors (1), (2), and (3) in Fig. 8 calculated by macroscopic
analysis and Fluent™ simulation

Reactor (1) Reactor (2) (1)/(2) Reactor (1) Reactor (2) Reactor (3)
Simulation by Fluent™ 854.04 Pa 410.46 Pa 2.08 Channel width (pwm) 600 300 200
Macroscopic analysis 377.55Pa 391.64Pa 1.04 Simulation by Fluent™ 557.05 Pa 719.19 Pa 1029.02 Pa
Ratio to reactor (1) - (2)/(1)=1.29 (3)/(1)=1.85
Macroscopic analysis 284.59 Pa 1030.63 Pa 2749.03 Pa

conversion and selectivity for CO in reactor (1) and (2) did not sig-
nificantly depend on the channel array because pressure drops in
the two micro-reactors were not considerably different for the same
GHSV.Inreactor(1),asshowninFig7(a), the deviation of CO conver-
sion value is bigger than that in reactor (2). It means that the PrOx
reaction in reactor (2) becomes more stable than it in reactor (1),
which is perhaps because an increase in channel length affects the
r-WGS reaction at the outlet of reactor. This is more obvious when
the selectivity in reactor (2) is considered. The selectivity for CO in
reactor (2) is more stable with temperature, which means that the
PrOx reaction in reactor (2) with shorter and many channels is less
affected by -WGS. For the reasons mentioned above, the lower fluc-
tuation of CO conversion in reactor (2) implies that the PrOx reac-
tion takes place more comfortably in reactor (2) than reactor (1).
Fig. 8 exhibits the effect of channel width on CO conversion. To
change the width of micro-channels, subchannels were introduced
in the parallel channels with 600 wm width and 240 pm depth by
inserting inner walls. One inner wall divided a 600 wm wide chan-
nel into two 300 pm wide subchannels, and two inner walls made
three 200 wm wide subchannels, as illustrated in Fig. 8(c). The total
area inside the channels was increased by insertion of an inner
wall. The internal surface areas of each channel were 6.57, 8.45
and 10.32 cm? for micro-PrOx reactors with 600, 300 and 200 pwm
wide channels, respectively. The GHSV in all reactors was same with
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Ratio to reactor (1) - (2)/(1)=3.62 (3)/(1)=9.66

217,390 h~1. It was expected that the pressure drop in the micro-
reactors would be increased by the addition of inner walls and
the performance of the micro-PrOx reactor would be affected by
the pressure drop. Fig. 8(a) and (b) shows, however, that there is
no significant difference in CO conversion in spite of the increase
in internal surface area. Table 2 shows the pressure drop at each
reactor calculated by simulation using Fluent™ and macroscopic
analysis. As I mentioned above, the CO oxidation rate is function of
COand O, partial pressure, however, the reaction order with respect
of CO partial pressure on Pt/Al, O3 is a negative value (around —0.42
to —0.51) [36,37]. This means diminution of the CO oxidation rate
with CO partial pressure. The CO coverage on the active surface in
the low temperature region becomes almost saturated, while the
dissociative adsorption of O, on the Pt surface is very low. In this
case, the degree of CO coverage decreases with increasing tempera-
ture due to partial desorption of CO, and the free Pt sites can use for
dissociative adsorption of O, [8,39]. Therefore the rate of surface
reaction will be limited by the amount of adsorbed CO even though
0, accessibility to the active catalyst sites increases with O, partial
pressure when the total pressure is increased. In this case, the CO
conversion is insensitive to total pressure. This argument offers one

(c)

(1) 600 £m channel width
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(2) 300 im channel width

£300 /m ¢

£ 300 i’

(3) 200 /m channel width

200 g’

200 41200 4

Fig. 8. (a) CO conversion vs. reaction temperatures; (b) selectivity for CO vs. reaction temperatures; and (c) schematic diagram of three reactors with different channel width

of 600, 300, and 200 pm.
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possible reason for the three reactors in Fig. 8 with different pres-
sure drops, but identical GHSV, showing similar conversion rates.

5. Conclusion

Our research focused on the design aspects of micro-channels,
which plays an important role in the determination of the perfor-
mance of micro-PrOx reactors. To evaluate the effect of the design
of the channels, we investigated channel length, channel width and
channel array geometry, all of which were related to the GHSV of the
reactants. The operation of the micro-PrOx reactor was found to be
strongly affected by the channel length. To keep high CO conversion
while preventing the r-WGS reaction, the GHSV was increased by
reducing the channel length as the temperature increased and the
working temperature window and optimum channel length were
determined. The CO conversion was not much affected by channel
array or width while the GHSV was constant, however, the reaction
stability in the micro-PrOx reactor was improved by using a greater
number of shorter channels. In the single micro-PrOx reactor, an
0, concentration at least four times larger than the stoichiometric
quantity was needed to get nearly 100% conversion of CO. The opti-
mized micro-PrOx reactor showed 99.4% CO conversion and 44.14%
selectivity, using a gas mixture composed of 1% CO, 50% H,, 35%
CO,, balance N, and 2% O, with A =4 and temperature at 260°C.
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